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Owing to the recent increase in the global demand for Co, new cobalt–nickel refinery 
capacity is required. While solvent extraction is one of the most important separation and 
purification techniques in hydrometallurgy, pertraction, also called membrane-based 
solvent extraction, offers various advantages over conventional solvent extraction. In this 
study, pertraction was used to purify a pregnant leach solution obtained from spent 
hydro treatment catalysts that had been produced by Minemet. A block flow diagram 
and mass balance for the cobalt–nickel refinery were developed and used in the 
experimental design. Extraction isotherms were determined as well as mass transfers 
optimised using a circulating batch pertraction setup for both synthetic and industrial 
cobalt–nickel mixed metal solutions. A comprehensive set of models were applied to 
translate the experimental data into a conceptual design of the industrial cobalt–nickel 
pertraction refinery to process pregnant leach solution from the Minemet plant. 
 

 
INTRODUCTION 

 
With the announcement of affordable electrical vehicles by the end of 2016, the market price of cobalt 
(Co) more than tripled (Figure 1). As a result, both the mining and mineral processing industries 
started to look for new Co sources. In line with recent developments for other metals, a possible 
source could be Co-rich spent hydro treatment catalysts; however, the recycling of Co from such spent 
hydro treatment catalysts will require new cobalt–nickel (Co–Ni) refining capacity, which is currently 
concentrated in China and Finland. This is the perfect opportunity for the introduction of a next 
generation of solvent extraction (SX) technologies, i.e., pertraction (PX), also known as membrane-
based solvent extraction (van der Westhuizen et al., 2012). 
 
It is known that SX is one of the major separation and purification unit operations in hydrometallurgy, 
partially based on the many highly selective solvents that are commercially available. For SX, mixer–
settlers and extraction columns are the conventional process configurations. More recently, PX 
technology using a liquid–liquid membrane contactor has been introduced at laboratory scale, where 
the membrane acts as a semipermeable barrier between the aqueous and organic phases (Gabelman 
and Hwang, 1999). While in both SX and PX metals are selectively transferred from the aqueous to the 
organic phase during extraction, this during PX occurs via the membrane contactor instead of by 
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mixing of both phases (SX). During scrubbing or stripping, transfer is, again selectively, done in the 
reverse direction with (PX) or without a membrane (SX). Sometimes, PX is confused with the 
solvent/supported liquid membrane (SLM) process, where only the porous membrane is filled with 
solvent and both sides are aqueous; however, it is known that the SLM configuration is highly 
unstable due to the irreversible loss of solvent (Neplenbroek et al., 1990). In addition, the pressure 
drop over an SLM column makes it difficult to scale up this process. In contrast, in the PX 
configuration, where one side of the membrane is aqueous and the other side organic, loss of solvent 
in the membrane is easily avoided by applying a small overpressure on the aqueous side. In case of an 
accidental breakthrough, the hydrophobic membrane refills itself automatically with solvent. 
Subsequently, the scaling up of such a PX column within clear design constraints is no issue, as shown 
in this paper. The most important advantages of PX over conventional SX include i) the reduction in 
plant size and cost as no settlers are required, ii) the reduction of metal lock-up in the plant, iii) a 
reduction in maintenance cost because of a reduction in rotating equipment, iv) increased safety 
because the PX system is closed and solvent holdup is reduced, and v) that the design is 
straightforward, as shown in this paper. 

 
Figure 1: Market price of cobalt between 2013 and 2017 (Investing.com, 2018). 

 
It is the aim of this project to design and develop a PX process for the purification of Co and Ni 
recovered from hydro treating catalysts produced at the Minemet plant in Kwazulu Natal, South 
Africa. The existing Minemet process entails the following steps to produce the pregnant leach 
solution (PLS) that is used as feed for the SX plant: 1) calcining to remove organics, coke and sulphur; 
2) smelting of the catalyst to form a Mo–Co–Ni–Fe alloy; 3) leaching of the resulting alloy; 4) removal 
of iron (Fe) by means of precipitation and 5) molybdenum (Mo) recovery through ion exchange (IX). 
The typical PLS composition is given in Table I. The PLS was used as feed for selective PX 
experiments during this study. The current SX plant at Minemet is a one stage mixer–settler operated 
batchwise with a production capacity of 2 m3/day using Cyanex 272 (C272) as extractant. In this 
paper, a PX Co extraction section to produce a 99.9% Ni solution was investigated via isotherms, mass 
balances, mass transfer rates and a conceptual design. While the industrial composition holds various 
metals, this study focused on the binary Co–Ni system. 
 

Table I: Minemet PLS composition (pH = 3.79). 

Metal Concentration (g/L) % of PLS 

Co 4.23 26.35 
Ni 10.74 66.81 
Mo 0.32 1.99 
Fe 0.04 0.25 
Mg 0.12 0.75 
Mn 0.45 2.80 
Si 0.17 1.06 
Cu <0.001 <0.01 
Al <0.001 <0.01 
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THEORY 
 
Isotherms  
The dependence of specific metal extractions on the raffinate pH when using the commercial 
extractant C272, is shown in Figure 2. Accordingly, when attempting to extract Co from the PLS while 
keeping the Ni in the raffinate, the pH should be in the range of 4.5–5.0  to suppress Ni, Ca and Mg 
extraction (Könighofer et al., 2009). Because Fe and manganese (Mn) (see Table I) will be co-extracted 
at this pH, additional steps are required to remove these metals prior to the Ni/Co separation. Fe can 
be be removed via oxidative precipitation and three possible options for Mn removal include: i) 
oxidative precipitation as MnO2 using air/SO2 (Mouton et al., 2007), ii) PX using di(2-
ethylhexyl)phosphoric acid (D2EHPA) as extractant at a pH of 2.0–2.5 (Devi et al., 2000) or (iii) 
selective precipitation and redissolution. The removal of Fe and Mn falls beyond the scope of this 
paper.  
 

 
Figure 2: Metal extraction as a function of equilibrium pH for the commercial extractant Cyanex 272  

(Nicol et al., 2006). 
 
To meet the new product specifications and increased production capacities, the PX plant at Minemet 
will have to produce a 99.9% pure Ni solution and a battery-grade Co (99.8%) solution at a target 
concentration of 50 g/L. The design capacity of the PX plant should meet 200 L/h (5 m3/day). A Co–
Ni PX refinery has the same block flow diagram as a conventional plant and is shown in Figure 3. 
Accordingly, Co is initially extracted from the PLS (pH = 4.8–5.0) to produce a 99.9% Ni solution. The 
co-extracted Ni is then scrubbed at pH 4.5 before the scrub liquor is returned to the extraction section. 
Following the Ni scrubbing, the Co is extracted and concentrated with 25% H2SO4 before the solvent is 
pre-loaded with NaOH or NH4OH such that 50% of the Cyanex 272 (C272) is in the neutralised form. 
The pre-loading step is required to prevent a pH decrease and subsequent reduction of the extraction 
efficiency. With pre-loaded C272, the reaction is more or less pH-neutral at pH 5.0, as described by 
Equation 1, when an excess amount of reagent is used. Alternatively, at lower reagent concentrations, 
additional pH control may be required. 
 
 CoSO4 (aq) + NH4-C272 (org) → (NH4)2SO4 (aq) + Co(C272)2(org). [1] 
 

 
Figure 3: Block flow diagram of cobalt–nickel refinery. 
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Pertraction Mass Transfer 
Models for interpretation of batch PX results and the conceptual design of the PX plant (continuous 
PX) are given in Table II. For the mass transfer, a typical first-order model for diffusion through a 
porous membrane with the concentration difference as driving force was used (Mulder, 1996); 
however, as the overall mass transfer coefficient also depends on the raffinate concentration via the 
distribution coefficient (DM), PX is not necessarily a first-order process. The resistance-in-series model 
has been investigated by several authors (Baudot et al., 2001; Sengupta et al., 1998). The main 
difference with previous research on these models is the large increase in the DCo between the start 
and the end of the batch run (or the feed and the raffinate side of the continuous process), resulting in 
an increase of the mass transfer coefficient. This is taken into account in the modelling process. As it is 
difficult to distinguish between the mass transfer resistance of the solvent in the pores, 1/kM, and in 
the lumen, 1/korg, both are added as 1/kMo, where 1/kov=1/kaq+1/DkMo. The solvent-to-feed ratio was 
taken as 1.2 times the minimum value, which was taken as the ratio of the feed concentration over the 
solvent equilibrium concentration, i.e., 1/DF. The pressure drop (kPa/m) was measured in the batch 
PX and translated to the PX column, where the total pressure drop equalled the sum of the pressure 
drops in both circuits and the excess pressure exerted on the aqueous phase (10 kPa). It is clear that 
the total pressure drop (∆ptotal) should be smaller than the bubble pressure (∆pbubble) of the membrane 
(130 kPa) to prevent breakthrough of the aqueous phase into the organic phase. Because the solvent 
viscosity (𝜂) is proportional to the pressure drop and inversely proportional to the mass transfer, it is 
an important parameter in the conceptual design of the PX plant. For calculating the solvent viscosity 
of mixtures the Kendall–Monroe model was used, as had been successfully done by Koekemoer et al. 
(2005). A conceptual design for the PX extraction section of the Minemet plant was made using the 
feed composition data (Table I), mass balances (available on request), process models (Table II), mass 
transfer kinetics (Table VI) and isotherms (Table V).  
 

Table II: Comprehensive pertraction models. 

Model Batch PX Continuous PX 

Mass transfer 𝑑𝑥

𝑑𝑡
= −

𝑘𝑜𝑣𝐴

𝑉𝑎𝑞

(𝑥 −
𝑦

𝐷
) 

𝑑𝑥

𝑑𝐿
= −

𝑘𝑜𝑣𝐴

𝐴𝑞
(𝑥 −

𝑦

𝐷
) 

Resistance-in-series 1

𝑘𝑜𝑣

=
1

𝑘𝑎𝑞

+
1

𝐷𝑘𝑀

+
1

𝐷𝑘𝑜𝑟𝑔

=
1

𝑘𝑎𝑞

+
1

𝐷𝑘𝑀𝑜

 

Mass balance 
𝑉𝑎𝑞

𝑑𝑥

𝑑𝑡
+ 𝑉𝑜𝑟𝑔

𝑑𝑦

𝑑𝑡
= 0 𝐴𝑞

𝑑𝑥

𝑑𝐿
= 𝑂

𝑑𝑦

𝑑𝐿
 

Isotherm  𝑦 = 𝑓(𝑥); 𝐷 =
𝑦

𝑥
 

Solvent-to-feed ratio 𝑉𝑜𝑟𝑔

𝑉𝑎𝑞

=
1.2

𝐷𝐹

 
𝑂

𝐴𝑞
=

1.2

𝐷𝐹

 

Pressure drop constraint ∆𝑝𝑡𝑜𝑡𝑎𝑙 ≤ ∆𝑝𝑏𝑢𝑏𝑏𝑙𝑒  

Solvent viscosity (Kendall–
Monroe) 𝜇𝑜 = (∑ 𝑧̂𝑖𝜇𝑖

1
3⁄

𝑖

)

3

 

 
 
EXPERIMENTAL 
 
Isotherms 
The extraction isotherms of pure Co solutions were determined in the range 0.01–10 g Co/L for three 
different C272 (Solvay) extractant concentrations (9, 15 and 22 mass%). The diluent was Shellsol D70 
(ChemQuest). The feed pH was controlled with ammonia sulphate (Parhi et al., 2008). The lower value 
of 0.01 g Co/L corresponded to a Ni purity of 99.9% from a PLS containing 10 g Ni/L. For an 
adequate design of the PX column, it is important to know the shape of the isotherm in the raffinate 
region, thus significant effort was made to obtain data in the x = 0.01 g Co/L range, where x is the 
aqueous concentration. 
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Pertraction Mass Transfer 
The mass transfer was determined using the bench-scale setup shown in Figure 4. PLS or the synthetic 
feed and solvent were circulated over the 1.4 m2 Liqui-cell 2.5x8 XF membrane contactor (Table III) in 
two separate circuits. The feed and solvent volumes (VAq and VOrg, respectively) were chosen so that it 
took 1–2 h to extract 90% of the metal. This implies that the transfer per pass was negligible, which is 
required for the mass transfer equation for the batch process in Table II. Samples of the aqueous phase 
were taken at regular intervals and analysed by inductively coupled plasma optical emission 
spectroscopy (Agilent 5110 ICP-OES). In addition, the pressure drops for both circuits that were used 
in the hydrodynamic design of the plant were recorded, while the pH of the feed side was measured 
to determine when the system had stabilised. Both flowrates were kept constant at 875 mL/min (52.5 
L/h) corresponding with liquid residence times of 27 s and 10 s for the shell and lumen sides, 
respectively. Superficial velocities were calculated as the ratio of the fibre length over the residence 
time. For both sides, these were in the order of 1–2 cm/s, which is in the right range to expect that the 
mass transfer resistance will be predominantly in the porous membrane and that the total pressure 
drop will not exceed the membrane bubble pressure (Bruinsma et al., 2017). An overview of the batch 
PX test conditions is given in 
Table IV. 
 

 
Figure 4: Laboratory-scale 1.4 m2 PX setup for mass transfer measurements, with 1) organic reservoir, 2) gear 
pumps, 3) inlet pressure gauges, 4) outlet pressure gauges, 5) flow meters, 6) hollow fibre membrane contactor 

and 7) aqueous reservoir. 
 

Table III: Dimensions and flow conditions of the Liqui-Cel EXF-2.5x8 XF module. 

Dimension Value Unit of measurement 

Diameter 6.25 cm 
Length 20 cm 
Area 1.4 m2 
Vshell 400 mL 

Vlumen 150 mL 
Fibre inner diameter 240 µm 
Fibre outer diameter 300 µm 

Fibres 10 000 amount 
Flow 52.5 L/h 
vshell 0.73 cm/s 
vlumen 1.94 cm/s 
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Table IV: Experimental conditions of batch pertraction tests. 

Experiment Flow(Aq) 

(mL/min) 
Flow(Org) 

(mL/min) 
VAq 

(mL) 
VOrg 

(mL) 
xCo,F 

(g/L) 
xNi,F 

(g/L) 
[C272] 

(mass%) 
Shell side 

1 875 875 700 700 1 10 9 Aqueous 
2 875 875 700 700 1 10 9 Solvent 
3 875 875 700 700 1 10 9 Aqueous 
4 875 875 700 700 4 10 22 Aqueous 
5 875 875 700 700 4.235 4.235 22 Aqueous 

 
 
RESULTS AND DISCUSSION 
 
Isotherms 
The isotherm results are shown in Figure 5. As expected, the equilibrium concentration in the solvent 
increased with increasing C272 concentration. Table V gives the distribution coefficients (D) for the 
feed and raffinate for the Minemet plant, the solvent-to-feed ratios and the calculated solvent 
viscosities. The distribution coefficients at the raffinate side (DR) were typically one to two orders of 
magnitude higher than those on the feed side (DF). To enable a fair comparison of the solvents, it is 

best to use the geometric mean of the distribution coefficient, Dgm=(DFDR), as is common practice in 
distillation. Solvent viscosities, ηo, were calculated with the Kendall–Monroe equation according to 
Table V (Koekemoer et al, 2005). Based on the above, 22 mass% C272 solvent was expected to have the 
best PX characteristics. The mass balance for the 200 L/h PX plant is available on request. 
 

 
Figure 5: Co loading isotherms for 9, 15 and 22 mass% C272 solvents at ambient temperature.  

Isotherms were measured using pure Co-containing synthetic solutions. 
 

Table V: Distribution coefficients for feed and raffinate, solvent-to-feed ratios and calculated viscosities of 
different solvent concentrations. 

[C272] (mass%) DF DR Dgm Vorg/Vaq η0 

9 0.642 107 8.3 1.87 3.03 
15 1.122 315 18.8 1.07 4.18 
22 1.848 565 32.3 0.65 5.46 

 
Pertraction Mass Transfer 
Because the prediction of which side (shell or lumen) should be selected as the solvent feed side is not 
straightforward, two batch runs were done where the solvent was first fed to the shell side (Exp 1) and 
then to the lumen side (Exp 2), with all other conditions being kept the same. The extraction as a 
function of time for these batch runs are given in Figure 6. Included is a linear regression applied to 
the linear regions of the Co curves, which was used for the calculation of the overall mass transfer 
coefficients (kov). From Figure 6, it is clear that supplying the feed to the shell side gave the highest Co 
and Ni extraction rates.  
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From the initial slopes of the PX curves, the overall mass transfer rates were calculated by combining 
the mass balance and mass transfer equations, yielding Equation 2.  
 
 𝑆𝑙𝑜𝑝𝑒 =

1

𝑥0

𝑑𝑦

𝑑𝑡
=  −

1

𝑥0
 

𝑉𝐴𝑞

𝑉𝑂𝑟𝑔

𝑑𝑥

𝑑𝑡
=

𝑘𝑜𝑣𝐴

𝑉𝑂𝑟𝑔
  . 

[2] 

 
When calculating this for the extractions provided in Figure 6, the initial mass transfer rate for the feed 
to the shell side was 20% higher than for the feed to the lumen side, leading to a reduction of 20% in 
terms of the required membrane area. In further experiments, the feed was therefore supplied to the 
shell side of the module. It is also clear from these data that the initial mass transfer for Co in both 
configurations was ±28 times faster than for Ni. Once Co has been virtually extracted (after 60 min), Ni 
PX continues for at least another hour. This implies that the purification in a continuous PX column is 
driven by both the equilibrium and the kinetics. The obtained mass transfer coefficients (k) obtained 
from these results are given in Table VI and are analysed further in relation to the other results 
presented hereafter. 
 

 
Figure 6: Batch pertraction runs for Co and Ni with feed fed to shell (Experiment 1)  

or to lumen (Experiment 2) side. 
 
From the isotherms in Figure 5 and Table V, the distribution coefficient was calculated (D0 = 1.77) at 
the start of the experiment with a 9% C272 solvent and a 1 g Co/L feed. After 70%extraction of the Co, 
the Co concentration was 0.3 g Co/L and the distribution coefficient had increased to D70 = 2.98. From 
the resistance-in-series model, it was predicted that the overall mass transfer coefficient increased via 
the DkMo term. This so called “distribution coefficient enhancement” or D-enhancement for the overall 
mass transfer coefficient plays an important role in the design of a continuous PX column. 
Unfortunately, this D-enhancement effect is difficult to quantify using the data presented in Figure 6.  
 
To determine the effect of the C272 concentration on extraction, two runs were compared in Figure 7 
using 9 and 22 mass% C272 solvent for a 1 g Co/L (plus 10 g Ni/L) feed. As was expected, the Co 
mass transfer rate increased considerably with the higher C272 content in the solvent. The counter-
effect of an increased viscosity at 22 mass% C272 that results in a decrease in diffusivity was 
apparently less pronounced. From Figure 7, and to a lesser extent also from Figure 6, it is clear that Ni 
extraction only started once the Co extraction had been virtually completed. This could open an 
operating window to increase the extract Co purity in a continuous column and thus decrease the Ni 
scrubbing effort required to purify the extract. 
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Figure 7: Effect of Cyanex 272 concentration on the mass transfer rate (Experiment 1 and 3).  

Feed fed to shell side of the module. 
 
To assess the mass transfer enhancement by the distribution coefficient, the Co feed concentration was 
changed from 1 g Co/L to 4 g Co/L. According to the mass transfer model, this should result in a 
decrease in the overall mass transfer coefficient via the DkMo term because the distribution coefficient 
for the 22 mass% C272 solvent decreased from 6.48 at 1 g Co/L to 1.79 at 4 g Co/L. Indeed, this D-
enhancement effect, as well as a higher Co concentration leading to a lower Ni extraction as less C272 
was available for Ni extraction, is observed in Figure 8. 
 

 
Figure 8: D-enhancement of mass transfer at lower concentration. Feed solutions of 1 g/L Co Co (plus 10 g/L Ni) 
and 4 g/L Co (plus 10 g/L Ni) were used for batch pertraction experiments (Experiments 3 and 4, respectively). 

 
Figure 9 shows the extraction curves for a typical Minemet sample (Table I) and a similar synthetic 
solution (4 g Co/L, 10 g Ni/L) using 22% C272. The initial slopes of the Co PX extraction curves were 
almost identical for the industrial and the synthetic solution, as reflected in the initial overall mass 
transfer coefficients. The slight delay of the industrial curve was probably due to the co-extraction of 
the 0.45 g Mn/L in the Minemet sample. The small difference in the initial overall mass transfer 
coefficient could be due to the difference in the initial concentrations. 
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Figure 9: Batch pertraction of industrial and synthetic feed (Experiments 4 and 5). 

 
All the calculated data for the five batch experiments are given in Table VI, including the Co overall 
mass transfer coefficient for the Minemet plant at the feed (kov,F) and raffinate side (kov,R). Feed to the 
shell side was 20% faster than feed to the lumen side, making the first option the preferred 
configuration (Experiments 1 and 2, Figure 6). Baudot et al. (2001) analysed mass transfer at the 
aqueous shell side via a Sherwood relation in the same module as used in this study, confirming our 
results. Hence, the mass transfer coefficient at the aqueous shell side for a flow rate of 52.5 L/h was 
taken as kaq= 1 × 10−6 m/s (Baudot et al., 2001), which was independent of the metal extracted. As this 
is at almost an order of magnitude higher than the initial Co–Ni data measured in this study, it may 
be assumed that DkMo is the rate-limiting term step and thus kMo can be calculated from kov,0.  
 

Table VI: Mass transfer analysis for Co pertraction. 

Experiment Batch pertraction runs Minemet plant 

xCo 

(g/L) 
C272 

(mass%) 
kov,0 

(m/s) 
D0 

 
kMo 

(m/s) 
kov,F 

(m/s) 
kov,R 

(m/s) 

1 1.065 9 2.08 × 10−7 1.83 1.14 × 10−7 6.81 × 10−8 9.24 × 10−7 
2 1.056 9 1.67 × 10−7 1.85 9.02 × 10−8 5.48 × 10−8 9.06 × 10−7 
3 1.027 22 3.33 × 10−7 6.48 5.14 × 10−8 8.68 × 10−8 9.67 × 10−7 
4 4.410 22 8.33 × 10−8 1.79 4.66 × 10−8 7.94 × 10−8 9.63 × 10−7 
5 4.235 22 8.01 × 10−8 1.85 4.34 × 10−8 7.43 × 10−8 9.61 × 10−7 

 
At 9 mass% C272 (Experiments 1 and 2) kMo was (1.0±0.1) × 10−7 m/s while being (4.7±0.4) × 10−8 m/s 
at 22 mass% C272. The high viscosity as a result of the C272 (145 mPa.s) could help explain the twice 
as high kMo values obtained at the low C272 concentration. Experiments 3 and 4 (Figure 8) confirm that 
the D-enhancement effect not only is valid for PX of aromatic compounds as was shown by Baudot et 
al. (2001), but also is true for metal PX. The Co overall mass transfer coefficient for the Minemet plant 
at the raffinate side, kov,R, was predicted to be more than 100 times faster than at the feed side, kov,F, 
due to the D-enhancement effect. So, while the driving force for mass transfer decreases from the feed 
to the raffinate side, this was compensated for by the increasing overall mass transfer coefficient. This 
was further quantified by simulating the PX process as part of the conceptual process design. 
Industrial and synthetic solutions (Experiments 4 and 5, shown in Figure 9) hardly differed, implying 
that synthetic experiments with higher flexibility in feed composition are suitable for analysing the 
effect of the changing distribution coefficients with changing metal concentrations. 
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CONCEPTUAL PROCESS DESIGN 
 
The conceptual design has three outcomes: i) to determine the concentration profiles over the PX 
column; ii) to determine the contactor area required; iii) to obtain the module configuration of the PX 
column. The 22 mass% C272 extractant was again selected as solvent. Models and data from the mass 
balance, Table II and V were used to calculate the area required to extract 0.85 kg Co/h from a feed 
concentration of 4.235 g Co/L down to a raffinate concentration of 0.01 g Co/L for a feed flowrate of 
200 L/h. The results in Table VI were applied to model the Minemet PLS batch PX run, which was 
then compared with the actual experimental data, as shown in Figure 10. It can be concluded that, 
although the first 40 min were correctly described by the model, the real batch PX was faster once the 
PX process approached equilibrium. A more sophisticated model, including chemical speciation in 
both phases, is possibly required to better describe the Co extraction rates. This model and its 
parameters was nevertheless used in the conceptual process design, knowing that it may well result in 
an overdesign of the PX column length. 
 

 
Figure 10: Batch pertraction model and PLS pertraction experiment for Co extraction. 

 
The PX column profiles for the Co concentration in the raffinate and solvent are shown in Figure 11. 
The overall mass transfer coefficient is also shown on the second vertical axis. At the feed side of the 
column, described with a dimensionless column position, L = 0, the overall mass transfer coefficient 
equals DkMo= 7.43 × 10−8 m/s. Around L = 0.8, there is a fast increase in kov, due to the strong D-
enhancement below L = 2 g Co/L. For L = 1, the overall mass transfer coefficient equals 0.96 × 10−6 
m/s, where it approaches the value of kaq = 1 × 10−6 m/s due to the resistance being dominated at this 
point by the mass transfer at the aqueous side. The simulated Co concentration profiles in the aqueous 
phase, x, and the organic phase, y, can be understood from this more than tenfold increase of the 
overall mass transfer coefficient from L = 0 to L = 1. The curves in Figure 11 were obtained by 
adjusting the contactor area to A = 2125 m2, which is the area required to ensure that the raffinate 
meets the product specification of 0.01 g Co/L, corresponding with a raffinate of 99.90% Ni purity. 
This corresponds with 5.7 of the 14x40 XF Liqui-cel modules in series each with a contactor area of 373 
m2. As the number needs to be an integer, six 14x40 XF modules were selected, resulting in a raffinate 
purity of 99.99%, which is above the target specification. 
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Figure 11: Simulated Co concentration profiles in raffinate (x) and solvent (y). Arrows indicate flow direction. 

x(L = 1) = 0.01 g Co/L; y(L = 1) = 0 g Co/L. KMo = 4.34 × 10−8 m/s; kAq =  4.34 × 10−6 m/s; A = 2125 m2. 
 
Because the Ni purity is not a first purification target, a sensitivity analysis was made for a range of Ni 
raffinate purities starting with a feed Ni purity of the Minemet PLS of 71.72% (from calculated mass 
balance). The results are summarized in Figure 12. Using a 22 mass% C272 solvent, with a single 
module, the predicted raffinate purity is 80% Ni. With three modules in series, this will be 92% Ni. 
This increases almost linearly up to 99.99% purity, when six modules in series are used. The calculated 
total pressure drop in the Minemet plant is well below the membrane bubble point pressure of 130 
kPa and there is thus no design constraint. Alternatively, when using 9 mass% C272 solvent, the 
number of modules required to obtain the same purity increases to eight. 
 

 
Figure 12: Number of 14x40 XF modules increases with Ni raffinate purity specification. Ni purity in the feed is 

71.72%. The dot indicates the moment when the specified purity of 99.9% Ni is achieved. 
 
 
CONCLUSION 
 
A methodology was developed to conceptually design a Co extraction PX column for the purification 
of Ni as the first section of a Co–Ni PX refinery for processing a PLS of 200 L/h produced from spent 
hydro treating catalyst. Typically, the feed contains 4 g Co/L and 10 g Ni/L. For this, Co C272 
extraction isotherms were measured for 9, 15 and 22 mass% C272 solvent, specifically focussing on the 
low concentration region, x < 1 g/L, where the isotherm is very steep. Owing to the fact that the 
isotherms were relatively flat for raffinate concentrations above 1 g Co/L, there was a large increase in 
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the distribution coefficients towards the pure side of the PX column. Mass transfer rates were 
determined in a batch PX setup and analysed using the resistance-in-series model where three design 
parameters were identified: D, kMo and kaq. As flow conditions were kept constant, the only parameter 
that was varied during the batch experiment was D. Accordingly, the Ni PX was at least an order of 
magnitude slower than Co PX. The conceptual design of the Minemet plant resulted in an extraction 
section with six 14x40 XF modules in series, producing a Ni raffinate of 99.99%when using a 22 mass% 
C272 solvent. For this, the dimensions of the modelled PX column would have a length and diameter 
of 6 m and 35 cm, respectively. A sensitivity study using the Ni purity as variable showed that the Ni 
raffinate purity depends on the number of modules in series. The complete proposed refinery would 
have four sections: extraction, scrubbing, stripping and pre-loading, with each of these sections 
potentially being operated as a PX process. The next step in the PX process development entails 
investigation of the effect of impurities on the PX behaviour of Co and Ni. Additionally, optimization 
of the organic reagent concentration is required and, subsequently, pH control methods will be 
considered. 
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